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 A B S T R A C T

Conventional steam methane reforming systems suffer from costly downstream purification steps. Protonic 
membrane reformers offer a promising alternative by integrating thermal and electrochemical catalysis into a 
single reactor-separator unit to generate high-purity hydrogen. In this work, a two-dimensional axisymmetric 
computational fluid dynamics model was developed in ANSYS Fluent and parameterized using an experimental 
Ni-BaZr0.8−𝑥Ce𝑥Y𝑦O3−𝛿 protonic membrane reformer. To expand on previous CFD studies of similar thermo-
electrochemical reformers, this work simulates a novel flow field model for a tube-in-tube reformer geometry 
that resolves coupled mass and energy transport between the feed tube and anode chamber control volumes. 
The results of the CFD model demonstrate that hydrogen separation at a current density 0.59 A cm−2

shifts the thermodynamic equilibrium of the SMR reaction toward higher methane conversion (99.9%) and 
increases hydrogen production (67.6 Nml min−1). Stagnant flow fields within the tube-in-tube reformer are 
also identified, revealing transport limitations that affect methane conversion.
1. Introduction

Hydrogen has attracted significant research interest due to its use 
in the chemical industry, and its potential as an energy carrier or fuel 
alternative for the transportation and industrial sectors [1]. Beyond 
energy applications, hydrogen is also an essential feedstock in the 
production of chemicals such as methanol, ammonia, fertilizers, petro-
chemicals, and iron ore [2,3]. These diverse applications underscore 
hydrogen’s critical role in facilitating energy availability and enabling 
energy transfer across economic sectors. As of 2023, steam methane 
reforming and coal gasification were the primary methods for hydro-
gen production worldwide, accounting for approximately 90% of total 
production [4].

In previous studies, we designed, fabricated, and automated a Joule-
heated SMR system to enable precise temperature control over a wash-
coated tubular reformer [5]. However, electrified SMR produces a 
hydrogen stream that also contains by-products, which requires down-
stream separation operations, increasing the cost of electrified SMR 
process designs [6]. Alternatively, hydrogen separation membranes 
have gained attention for their ability to separate hydrogen directly 
from the reformer, thereby enhancing hydrogen productivity and isolat-
ing by-products. Conventional metallic membranes, typically composed 
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of Pd or Pd–Ag alloys, achieve separation through a pressure dif-
ferential across the membrane reformer unit [7]. Although effective, 
these pressure-driven systems require additional hydrogen compres-
sion, increasing process complexity and energy consumption compared 
to state-of-the-art electrochemical membrane reformers.

Protonic membrane reformers (PMR) integrate hydrogen production 
and separation within a single processing unit. In generating a pres-
surized, high-purity hydrogen stream, the PMR eliminates the need for 
additional product separations. Such a design does not require an ex-
ternal combustion furnace or pressure-swing adsorption beds, allowing 
for a compact system architecture and reduced emissions. Malerød-
Fjeld, et al. [8] tested a lab-scale PMR unit that selectively extracted 
hydrogen at 0.4 A cm−2. The concurrent Joule heating of the protonic 
membrane under the applied current density was shown to deliver 
additional thermal energy to the PMR reaction zone. The authors re-
ported near-zero thermodynamic energy losses and complete methane 
conversion, promising a path for future modular hydrogen platforms 
that incorporate thermo-electrochemical membrane technologies.

In chemical engineering literature, CFD simulations have been 
widely used for the analysis of SMR systems that utilize hydrogen 
separation membranes [9–11]. Specifically, [12] employed COMSOL 
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software to investigate a 2D axisymmetric catalytic membrane reactor 
with a Pd-Ru metallic membrane and Ni-Al2O3 catalyst for hydro-
gen production from natural gas. The model examines the effects 
of operating temperature, gas hourly space velocity, and sweep gas 
flow on methane conversion and hydrogen permeation. The results 
indicate 99.9% methane conversion at 1000 K and significant hy-
drogen separation, highlighting the potential for efficient hydrogen 
production. In another study conducted by [13], catalytic membrane 
reactors and baffled membrane reactors were compared using ANSYS 
Fluent simulations, showing that baffles in the reformer unit reduce 
concentration and thermal gradients and improve flow uniformity, 
with better stability at higher gas hourly space velocities. An anal-
ogous study conducted by [14] was also reported, in which ANSYS 
Fluent was used to investigate a membrane-integrated reformer. These 
results demonstrated that higher steam-to-carbon ratios and optimal 
sweep conditions improve methane conversion and hydrogen recovery, 
while flow direction, pressure, and membrane length significantly 
influence performance, highlighting the benefits of metallic membrane 
integration.

While numerous studies have focused on CFD simulations for steam 
methane reforming, research targeting the multi-physics of solid oxide 
PMRs is still comparatively sparse and only recently gaining momen-
tum. Existing PMR modeling efforts are often based on literature-
reported reactor descriptions and are validated primarily against lit-
erature data [15], rather than being developed and validated for a 
specific, laboratory-built experimental reactor. Motivated by this, the 
present work develops a CFD model based on the actual configuration 
of an experimental PMR unit, in which a single BaZr0.8−𝑥Ce𝑥Y𝑦O3−𝛿
protonic membrane reformer was integrated into a watt-scale SMR 
process. Unlike previous PMR modeling studies that typically con-
sider single-pass tubular geometries, the modeled reformer geometry 
uses a new tube-in-tube approach to preheat the feed gas in a heat-
exchange feed tube. The developed geometry-specific model is vali-
dated with experimental data to provide realistic representations of 
the steady-state reformer operability at various operating points. This 
model was developed to parametrize and optimize the designs of PMRs 
and to highlight the critical process and design variables that maximize 
hydrogen production.

Generally, the simulation enables a 2D analysis of the hydrogen 
flux through the protonic membrane, and the impact that the hydro-
gen extraction rate has on both hydrogen production and methane 
conversion. In this respect, the model focuses primarily on the thermo-
electrochemical reactions that occur at the anode surface, where
methane conversion, hydrogen generation, and hydrogen extraction 
occur. The experimental PMR system and measurement methods are 
first described in Section 3, followed by the CAD modeling and mesh 
characterization of the modeled reformer geometry in Section 4. The 
numerical methods used for the CFD implementation are then pre-
sented in Section 5, along with the transport and governing equations 
that define the multi-physics model in Section 6. Validation against 
measurements of temperature and gas composition in the experimental 
PMR confirms the model accuracy and allows for the reproduction of 
key reactor multi-physics in the user-defined computational domain. 
The results and analysis of the 2D axisymmetric CFD model, including 
comparisons with measurements and a parametric study evaluating the 
influence of applied current on hydrogen recovery, are presented in 
Section 7. This is a first step toward further development of optimized 
PMRs that can scale in function and size, and recommendations are 
provided in Section 8.

2. Preliminaries

Definitions of variables used in the modeling of the reactor:

• 𝐴𝑖: Pre-exponential factor of adsorption constant 𝐾𝑖 [Pa−1 for 
𝑖 = CH ,H ,CO; unitless for 𝑖 = H O].
4 2 2
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• 𝐴𝑗 : Pre-exponential factor of rate coefficient 𝑘𝑗
[mol Pa0.5 kg−1cat s−1 for 𝑗 = 1 (SMR); mol Pa−1 kg−1cat s−1 for 𝑗 = 2
(WGS)].

• 𝑐𝑣, 𝑐𝑝, 𝑐𝑝,𝑖: Specific heat capacity at constant volume of the mix-
ture, and specific heat capacity at constant pressure of the mixture 
and species 𝑖, respectively [J kg−1 K−1].

• 𝐶𝑖: Concentration of species 𝑖 [mol m−3].
• 𝐷𝑖𝑗 : Binary diffusion coefficient [m2 s−1].
• 𝐸f luid, 𝐸solid: Total specific energy of the fluid and solid, respec-
tively [J kg−1].

• 𝐸𝑗 : Activation energy of thermal reaction 𝑗 [J mol−1]
• 𝐹H2 ,𝑒𝑥: Extraction rate of hydrogen gas [mol s−1].
• 𝑔: Gravitational acceleration [m s−2].
• 𝐻f luid, 𝐻solid: Specific enthalpy of the fluid and solid, respectively. 
[J kg−1].

• 𝑘𝑖: Thermal conductivity of species 𝑖 [W m−1 K−1].
• 𝑘𝑟,𝑗 : Reaction rate constant of thermal reaction 𝑗
[mol Pa0.5 kg−1cat s−1 for 𝑗 = 1 (SMR); mol Pa−1 kg−1cat s−1 for 𝑗 = 2
(WGS)].

• 𝐾𝑖: Adsorption constant of species 𝑖 [Pa−1 for 𝑖 = CH4,H2,CO; 
unitless for 𝑖 = H2O].

• 𝐾𝑗 : Equilibrium constant of thermal reaction 𝑗 [Pa2 for 𝑗 = 1
(SMR); unitless for 𝑗 = 2 (WGS)].

• 𝑃 , 𝑃𝑖: System pressure and partial pressure of species 𝑖, respec-
tively [Pa].

• 𝑟1, 𝑟2: SMR reaction rate and WGS reaction rate, respectively. 
[mol kg−1cat s−1].

• 𝑅: Universal gas constant [J mol−1 K−1].
• 𝑇 : Temperature [K].
• 𝑇feed: Anodic feed gas temperature [K].
• 𝑈f luid: Specific internal energy of the fluid [J kg−1].
• 𝑢: Velocity magnitude [m s−1].
• 𝑣: Velocity vector [m s−1].
• 𝑊cat : Effective catalyst weight [kg].
• 𝑋𝑖,𝑗 : Mole fraction of species 𝑖, 𝑗 [–].
• 𝑌𝑖,𝑗 : Mass fraction of species 𝑖, 𝑗 [–].
• 𝜌: Density [kg m−3].
• 𝑚̇in: Anodic feed mass flow rate [kg s−1].

3. Experimental PMR system and digitalization

3.1. Overview

All experimental measurements used for the CFD modeling of a 
protonic membrane reformer were conducted using a watt-scale ex-
perimental steam methane reforming system. The system is comprised 
of the following physical and chemical processing units: a 15.2 cm2

protonic membrane (CoorsTek, Inc.), an electric furnace (Thermolyne®
21,100 Tube Furnace), two steam bubblers, and two condensers. Fig.  1 
shows the experimental PMR system with the aforementioned process-
ing units and instrumentation. An array of sensors is also integrated 
in the experimental system to allow for real-time measurements of 
key process parameters. The key sensors of the PMR process are: four 
mass flow controllers (Brooks Instrument SLA5850 Series), two bubbler 
pressure transducers and thermocouples (DwyerOmega PX359-1KGI 
transducers; DwyerOmega, OD: 1/16 inch thermocouple probes), two 
pressure transducers for the anode and cathode chambers, an anode 
chamber thermocouple, two back pressure regulators (Equilibar LF-
Series) for the anodic and cathodic streams, a gas chromatograph (Agi-
lent 7890B Gas Chromatograph) downstream of the anodic condenser, 
and an outlet digital flow meter (Alicat M Series) placed downstream of 
the cathodic condenser. The complete P&ID of the experimental setup 
was previously reported in [16].
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Fig. 1. Schematic of the experimental PMR unit.
Fig. 2. Schematic of the thermo-electrochemical processes within the PMR unit.
3.2. Experimental protonic membrane reformer

The experimental protonic membrane reformer is made from a 
doped barium-zirconate ceramic that selectively separates hydrogen 
from product streams over an active anode surface area of 15.2 cm2. 
Both the anode and cathode electrodes of the PMR unit were created 
from dip-coated slurries of Ni particles (60 wt%) and BZCY ceramic 
powders [8]. Fig.  2 depicts the internal configuration of the PMR 
unit, which is the core of the PMR system. In the experimental setup, 
a nickel feed tube delivers a reactant gas mixture into the furthest 
point of the anode chamber, and a thermocouple is positioned near 
the far end of the anode chamber to provide direct measurements of 
internal gas temperatures. Nickel wool is also packed into the end of 
the nickel feed tube that functions as the current collector for the anode 
side (inner side) of the tubular membrane electrode assembly (MEA). 
When an external current is applied to the electrochemical circuit, the 
electrochemical oxidation of hydrogen to protons occurs at the anode, 
the generated protons migrate through the solid BZCY electrolyte, and 
the electrochemical reduction of these protons to hydrogen occurs at 
the cathode. As a result, the protonic membrane reformer is able to 
convert methane into typical SMR products on the anode, hydrogen 
and carbon oxides, while simultaneously separating and compressing 
the hydrogen target product on the cathode. With this technology, 
operation at current densities greater than 0.59 A cm2 is possible [17].
3 
3.3. Process digitalization

All mass flow controllers were connected to a LabVIEW user inter-
face via RS-232 communications, enabling read and write privileges to 
sensors and actuators on a per-second basis. Each bubbler unit of the 
test bed was heated by electrical heating tapes (BriskHeat Insulated 
Heat Tape) connected to power supplies (Omega CS8DPT Universal 
Benchtop Controller) operating under PD closed-loop control to reg-
ulate steam temperatures. The control input was the voltage supplied 
to the heating tapes, and the control output was the temperature of 
each bubbler. The electric potential supplied to the PMR unit was 
actuated with a potentiostat (Metrohm PGSTAT302N and 20 A Booster) 
controlled from the LabVIEW user interface. The temperature and 
pressure readings for the PMR feeds and bubbler units were integrated 
into LabVIEW through a CompactRIO data acquisition device for pro-
grammable and automatic feedback control. An automation algorithm 
was developed to process the anode effluent peak areas from GC 
signal files every 18 min. To quantify the pure hydrogen outlet stream, 
RS-232 communications were used to transmit per-second volumetric 
flow rate readings from the digital outlet flow meter. The established 
digital communication architecture allowed for synchronized sensing, 
process control, and automation of the PMR system and for data 
generation spanning the feasible operating region (0.0–0.6 A cm−2; 
10–30 Nml min−1 of CH ; 120–130 ◦C bubbler temp.).
4
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Table 1
Geometric dimensions of the experimental protonic 
membrane reformer.
 Dimension Value (mm) 
 Protonic membrane length 60.9  
 Protonic membrane O.D. 9.00  
 Protonic membrane I.D. 7.00  
 Nickel feed tube length 5.20  
 Nickel feed tube O.D. 4.50  
 Nickel feed tube I.D. 3.15  

3.4. Steady-state experimental design

The nominal operating point of the system was set at a current 
density of 0.0 A cm−2, a methane feed flow rate of 16.2 Nml min−1, and 
an initial reformer temperature of 737 ◦C. Two additional steady-state 
measurements were taken at 0.30 and 0.59 A cm−2 to validate the CFD 
model at multiple hydrogen extraction rates. The steam-to-carbon ratio 
and cathode chamber pressure were 3.3 and 3.15 bar, respectively, for 
all steady-state experiments. To extract kinetic parameters, parametric 
studies for temperature and pressure were performed on the PMR at 
system pressures of 1.0 bar and 3.2 bar at 0.0 A cm−2. For the kinetic 
experiments at the nominal operating points, five GC measurements 
were taken per steady state over a temperature range of 584 to 786 ◦C. 
This procedure was repeated three times, and for each steady-state 
run, the PMR anode and cathode catalysts were reduced under pure 
hydrogen streams at 800 ◦C for five hours, prior to the start of each 
experiment. These results were used to validate the lumped-parameter 
reactor model developed in [18], which enabled the calculation of 
the nickel loading on a catalytic washcoat. The same method was 
used in this CFD study to approximate nickel loading on the electrode 
surfaces of the experimental protonic membrane. After validating the 
catalyst loading parameter against experimental, kinetically-limited 
steady-state data, two additional steady-state measurements were ob-
tained at 3.2 bar under applied current densities of 0.30 and 0.59 
A cm−2, resulting in internal reformer temperatures of 760 and 820 ◦C, 
respectively.

4. CAD model and mesh development

A 2D computer-aided design (CAD) model was developed from the 
dimensions of the experimental PMR, as discussed in the last section. 
These dimensions are provided in Table  1, and several simplifications 
were made when constructing the CFD computational domain to mini-
mize computational complexity of the model. The CAD considers only 
the inner region of the anode chamber, which does not include the 
solid outer reactor wall or the cathode. Additionally, the catalyst layer 
on the anode surface is thin compared to the overall anode chamber 
geometry of the PMR, and thus it is assumed to have a negligible 
impact on bulk gas flow [8]. The effect of the catalyst layer on reaction 
kinetics, however, is accounted for via an effective catalyst weight 
included in the reaction kinetics equations. The thickness of the outside 
layers of the membrane, such as the outer reactor shell and furnace 
are also neglected in the CFD model, as its primary effect on the SMR 
reaction kinetics is limited to heat transfer from the external heating 
source, and the temperature distribution in the axial direction cannot 
be accurately measured in the experiment, making it difficult to define 
precise thermal boundary conditions at the anode surface. Instead, 
the thermal effect of the external heating source is represented by a 
constant heat flux applied to the anode surface as a boundary condition, 
as will be discussed in detail below. This approximation is justified as 
the length of the tubular electric furnace is at least five times longer 
than that of the PMR, and the PMR is located near the center of the 
furnace.
4 
Fig. 3. Simplified cylindrical schematic of the PMR reactor (not drawn to 
scale). The nickel feed tube delivers the reactant gas mixture to the inlet 
of the anode chamber that is housed within the BZCY protonic membrane. 
The PMR reactor shell houses the cathode chamber. The anode surface along 
the inner wall of the protonic membrane facilitates hydrogen oxidation. The 
cathode surface along the outer wall of the protonic membrane induces 
hydrogen reduction. The yellow box highlights the computational domain for 
the developed CFD model that spans horizontally from 𝑧 = 0.00 m to 𝑧 = 6.10
× 10−2 m and radially from 𝑟 = 0.00 m to 𝑟 = 3.50 × 10−3 m.

The assumption of axial symmetry for the PMR model is physico-
chemically justified by the specific dimensionless regimes and exper-
imental configuration of the system. Though 3D features can emerge 
in larger systems, the following physical arguments support a 2D mod-
eling approach for this laboratory-scale reactor. First, in the laminar 
regime in which our reactor operates (Reynolds number of 7), viscous 
forces dominate over inertial forces, precluding the formation of 3D 
instabilities, swirls, or asymmetric flow patterns. Furthermore, given 
the inlet tube is sufficiently long to ensure that the velocity profile is 
fully developed before reaching the catalytic reaction zone, a symmet-
ric flow field is established. Second, transport rates are an order of 
magnitude larger than kinetic rates in this reformer geometry at the 
specified operating conditions. In other words, molecular diffusion is 
an order of magnitude faster than the kinetic rates of the SMR and 
WGS reactions. This creates a ‘‘smoothing effect’’ in which any po-
tential circumferential concentration gradients are equilibrated almost 
instantaneously by diffusion. This high rate of transport relative to the 
reaction kinetics ensures a uniform species distribution around this 
axis, making the 2D radial-axial modeling framework a scientifically 
reasonable and accurate representation of PMR physics. Therefore, 
a 2D axisymmetric model is sufficient to capture the essential fluid 
transport and reaction phenomena occurring in both the axial and 
radial directions of the PMR. The validity of this 2D approach has 
also been confirmed by laboratory-scale experimental data. The added 
complexity of a 3D model would provide negligible improvements to 
the accuracy of the flow profiles or reaction analysis, while significantly 
increasing computational overhead.

A simplified PMR geometry is shown in Fig.  3, where the anode 
chamber of the PMR is treated as a cylindrical reactor, and the rectan-
gular area marked by the yellow box is defined as the computational 
domain using the 2D axisymmetric model. In the 2D computational 
domain, the anodic feed gas mixture, which is comprised of methane, 
steam, hydrogen, and argon, is introduced through the gas inlet located 
on the bottom half of the left boundary. The gas travels to the right, 
axially, through the annular gap between the feed tube wall and the cat-
alyst surface, reaches the MEA cap (right boundary), reverses direction, 
and exits through the annular space toward the anode chamber outlet. 
Considering the highly axisymmetric architecture of the reformer, the 
angular information in the PMR is redundant and a 3D model is not 
needed.
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(a) 2D axisymmetric computational domain, including the gas inlet, gas outlet, catalyst surface embedded within the membrane wall, reactor cap (right 
boundary), and the axisymmetric axis.

(b) Computational mesh of the simulation domain, showing both the overall mesh structure and a magnified view of a selected mesh region.

Fig. 4. Computational domain and mesh used in the simulation. (a) Domain geometry. (b) Mesh structure.
In the CFD simulation, the computational domain is discretized 
into smaller subdomains, known as grids, that collectively form the 
computational mesh. Within each grid, spatial variations are minimized 
throughout the entire domain, allowing for localized approximation 
of relevant phenomena. Specifically, each discretized grid forms the 
PMR mesh used to solve the continuity equation, momentum equations, 
and transport equations in each subdomain. The locally computed 
solutions are then integrated, allowing for the reconstruction of the 
overall fluid flow and temperature fields across the entire domain. The 
reliability of the CFD simulation results is highly dependent on the 
mesh metrics, such as orthogonality, skewness, and aspect ratio. In 
general, the computational mesh quality is carefully optimized to en-
sure a balance between computational efficiency and sufficient spatial 
resolution to accurately capture the physical phenomena of interest. 
A poorly constructed mesh can lead to poor accuracy of the solu-
tion, whereas an excessively refined mesh, while enhancing solution 
precision, significantly increases computational cost. Thus, a balance 
between computation efficiency and necessary resolution is critical to 
capture the essential physical phenomena in the CFD simulation when 
designing the mesh.

In the simulation, a quadrilateral-dominant mesh of 2.2 × 105
cells, with a characteristic cell size of 0.1 mm, is utilized. The use 
of quadrilateral elements ensures solution accuracy in well-defined 
regions, while the automatically generated triangular elements pro-
vide flexibility in areas with intricate geometries. All relevant mesh 
metrics are shown in Table  2, and the computational mesh is illus-
trated in Fig.  4. With an average element quality of 0.99, the mesh 
elements are nearly ideal in shape, ensuring high numerical accuracy. 
The average aspect ratio of 1.01 shows that the elements are almost 
uniform, minimizing errors in the solution. With an average skewness 
of 4.49 × 10−3, the mesh exhibits minimal distortion, further improving 
the reliability of the solution. Finally, the average orthogonal quality 
of 0.99 confirms that the mesh faces are nearly perpendicular, which 
5 
Table 2
Mesh quality evaluation for the computational 
domain.
 Mesh Metric Value 
 Average element quality 0.99  
 Average aspect ratio 1.01  
 Average skewness 0.01  
 Average orthogonal quality 0.99  

is critical for accurate gradient calculations and numerical stability 
in cylindrical coordinates. A mesh independence study showed that 
the selected mesh settings are sufficient for accurate simulation results 
and computational efficiency. Further refinement of the mesh, while 
increasing computational cost, yielded results nearly identical to those 
obtained with the studied mesh configuration.

Remark 1.  With the second Damköhler number on the order of 
10−1, the flux of reactant to the anode is not diffusion-limited, and 
the intrinsic kinetics of the SMR and WGS drive the overall rates 
of reaction. This further reduces the necessity of explicitly modeling 
solid-phase catalyst particles or catalyst layers in the multi-physics 
simulation. Simulations at higher temperatures and current densities 
than those tested here would eventually be transport-limited; however, 
those operating conditions are avoided, as they are detrimental to the 
PMR.

5. Numerical modeling approach

5.1. Chemical reaction kinetics model

To simulate the thermal chemical reactions that occur within the 
anode chamber of the PMR, a kinetic model was developed that 
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describes reaction rates as a function of pressure, temperature, and 
feed flow rates. On the microscopic scale, the PMR reactant mixture 
flows through a convective bulk fluid and diffuses toward the catalytic 
surface of the anode. The reaction products then diffuse from these 
catalyst sites back to the anode surface, re-enter the bulk fluid, and 
are eventually transported by convection to the reformer outlet [19]. 
However, it is unnecessary to employ a detailed kinetic model that 
explicitly accounts for all microscopic phenomena occurring around the 
nickel catalyst layer of the anode, as this would significantly increase 
model complexity and solution time. Therefore, a lumped-parameter 
macro-kinetic model developed by [20], based on the Langmuir–
Hinshelwood–Hougen–Watson (LHHW) formalism, is utilized in this 
simulation to describe the macroscopic reaction rates of both the SMR 
and WGS reactions. Although the detailed transport phenomena within 
the catalyst layer are not explicitly resolved, the impact of the number 
of available surface sites on anodic production rates is accounted for by 
incorporating an effective catalyst weight in the LHHW kinetic model, 
which will be discussed in detail later. The governing rate expressions 
are given in the following equations.

Specifically, the reaction rates of the SMR and WGS are given by 
the following macroscopic kinetic equations:

CH4 + H2O ←←←←←←←←←←←←←←←←←⇀↽←←←←←←←←←←←←←←←←← CO + 3H2, 𝛥𝐻◦
298K = +206 kJmol−1 (1a)

𝑟1 =
𝑘1
𝑃 2.5H2

⎛

⎜

⎜

⎝

𝑃CH4𝑃H2O −
𝑃 3H2𝑃CO

𝐾1

⎞

⎟

⎟

⎠

∕DEN2 (1b)

CO + H2O ←←←←←←←←←←←←←←←←←⇀↽←←←←←←←←←←←←←←←←← CO2 + H2, 𝛥𝐻◦
298K = −41 kJmol−1 (2a)

𝑟2 =
𝑘2
𝑃H2

(

𝑃CO𝑃H2O −
𝑃H2𝑃CO2

𝐾2

)

∕DEN2 (2b)

DEN = 1 +
𝐾H2O𝑃H2O

𝑃H2
+𝐾CO𝑃CO +𝐾H2𝑃H2 +𝐾CH4𝑃CH4 (3)

where 𝑃H2 , 𝑃CH4 , 𝑃H2O, 𝑃CO, and 𝑃CO2  represent the partial pres-
sures of H2, CH4, H2O, CO, and CO2, respectively, on the anode surface, 
which can be determined based on Dalton’s law and the ideal gas law: 

𝑃𝑖 = 𝐶𝑖𝑅𝑇 (4)

The terms 𝐾H2 , 𝐾CH4 , and 𝐾CO are the adsorption constants for H2, 
CH4, and CO, respectively, while 𝐾H2O is the dissociative adsorption 
constant for H2O. The parameters 𝑘1, 𝑘2 are the rate coefficients 
for the SMR reactions and the WGS reactions, and DEN is a dimen-
sionless parameter derived from the number of available active sites. 
The adsorption constants and dissociative adsorption constants can be 
determined based on: 
𝑘𝑟,𝑗 = 𝐴𝑗 exp

(

− 𝐸𝑗
𝑅𝑇

)

, 𝑗 = 1,2

𝐾𝑖 = 𝐴𝑖 exp
(

− 𝛥𝐻𝑖
𝑅𝑇

)

, 𝑖 = CH4,H2O,CO,H2
(5)

All kinetic parameters are summarized in Table  3. This chemical kinet-
ics model is expressed in units of mol kg−1catalyst s−1, which establishes a 
catalyst-mass basis for the thermal reaction rates in the PMR.

The hydrogen extraction rate through the membrane, also referred 
to as hydrogen flux, is directly determined by the charge balance across 
the protonic membrane cell of the reformer unit, expressed as follows: 

𝑛𝑒𝐹 𝐹H2 ,ex = 𝜂𝐹 𝐼 (6)

where 𝑛𝑒 represents the number of electrons transferred per mole of 
extracted hydrogen, which is 2 e-/mol H2 in this case, 𝐹  is the Faraday 
constant, and 𝐹H2 ,ex represents the molar extraction rate of hydrogen 
from the PMR membrane. The term 𝜂  is the Faradaic efficiency, 
𝐹

6 
Table 3
Kinetic parameters from [20].
 Parameter Value Unit  
 𝐸1 240.1 kJ mol−1  
 𝐸2 67.13 kJ mol−1  
 𝐴1 4.225 × 1015 kmol bar0.5 (kgcat hr)−1 
 𝐴2 1.955 × 106 kmol (kg bar hr)−1  
 𝐾1 1.198 × 1013 bar2  
 𝐾2 1.767 × 10−2 –  
 𝐴CO 8.23 × 10−5 bar−1  
 𝐴H2 6.12 × 10−9 bar−1  
 𝐴CH4 6.65 × 10−4 bar−1  
 𝐴H2O 1.77 × 105 –  
 𝛥𝐻CO −70.65 kJ mol−1  
 𝛥𝐻H2 −82.9 kJ mol−1  
 𝛥𝐻CH4 −38.28 kJ mol−1  
 𝛥𝐻H2O 88.68 kJ mol−1  
 𝑊cat 4 × 10−4 kg  

Table 4
Gas species source terms in the CFD model.
 Gas Species Source Term  
 CH4 −𝑟1𝑊cat  
 H2O (−𝑟1 − 𝑟2)𝑊cat 
 CO (𝑟1 − 𝑟2)𝑊cat  
 H2 (reaction) (3𝑟1 + 𝑟2)𝑊cat  
 H2 (membrane extraction) − 𝐼

2𝐹  
 CO2 𝑟2𝑊cat  
 Ar 0  

representing the fraction of the applied current that contributes to 
the hydrogen extraction rate, and 𝐼 is the total applied current to 
the protonic membrane. For the present study, a Faradaic efficiency 
of 100% is assumed for the electrochemical hydrogen flux, based on 
our previous experimental observations [17]. Based on this assumption, 
Eq. (6) can be rearranged to give: 

𝐹H2 ,ex =
𝐼
2𝐹 (7)

where the hydrogen extraction rate is directly proportional to the ap-
plied current. This expression is implemented as a uniformly distributed 
source term at the membrane wall to account for hydrogen extraction. 

The primary objective of these developed relations (Eqs. (1), (2),
(3), (5), (6)) is to provide a physically consistent mapping between 
key process variables (temperature, partial pressures) and reaction rates 
leading to CFD model predictions consistent with experimentally mea-
sured reactor variables. These rate expressions should not be viewed 
as resolving the detailed catalyst-specific surface reaction mechanism, 
which is not well established for Ni on BZCY substrates. Specifically, 
with respect to the catalytic reaction kinetics employed in the CFD 
model, Xu and Froment kinetics are used, as these equations provide 
a general framework for modeling reforming kinetics. In addition, the 
Xu and Froment kinetic rate expressions involve process parameters 
that are fitted (in this present work, the effective catalyst weight) 
such that the CFD model predictions for a broad range of operating 
conditions are consistent with the macroscopic (input/output) reactor 
observables. Therefore, the employed reaction kinetics model is valid 
for the present experimental PMR and works well in terms of predicting 
reactor outputs consistent with the experimental measurements.

To employ the developed kinetic model and corresponding mole 
balances, a User-Defined Function (UDF) is implemented to code the 
thermo-electrochemical reaction rates (see Table  4). The UDF defines 
the consumption and production rates of each gas species as source 
terms in the computational grids adjacent to the anode, where all 
reactions are expected to occur. Specifically, the hydrogen source term 
is given by the stoichiometric combination of the SMR and WGS ther-
mal reaction rates, subtracting the electrochemical hydrogen flux 𝐼
2𝐹
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Table 5
Comparison of experimental and CFD-predicted anodic hydrogen production rates.
 Catalyst weight (mg) Exp. H2 (Nml min−1) CFD H2 (Nml min−1) Error (%)
  1.00 48.6 32.2 33.8 
 2.00 48.6 40.1 17.5 
 4.00 48.6 47.2 2.8 
 6.50 48.6 54.5 12.1 
 13.0 48.6 56.8 16.8 
from the mole balance of hydrogen species, which represents the effect 
of hydrogen extraction through the protonic membrane. A uniform 
extraction rate is assumed across the entire anode, neglecting local 
variations in current density.

In the PMR, the mass of the catalyst embedded on the anode surface 
is unknown. To determine an appropriate effective catalyst weight, 
various catalyst weights were adjusted in the CFD simulations to match 
experimental kinetic trends. The simulation results were then compared 
with the experimental results to identify the best match. Specifically, 
the anodic and cathodic volumetric flow rates of hydrogen in the 
CFD simulations were compared with the experimentally equivalent 
measurements, and the relative errors of the model predictions for each 
gas species were determined. The results are summarized in Table  5. 
Based on these comparisons, the CFD simulation with a SMR and WGS 
catalyst weight of 4.0 mg showed the best agreement with experimental 
results.

Remark 2.  To determine the effective catalyst weight for calculat-
ing the reaction source terms in each computational grid adjacent to 
the protonic membrane wall, homogeneous catalyst loading along the 
protonic membrane surface was assumed. This approximation method 
ensures that the local catalyst mass is distributed proportionally across 
the defined catalyst cells in the computational domain. The Xu and 
Froment intrinsic kinetic rates, originally expressed on a catalyst-mass 
basis (r1 and r2, mol kg−1𝑐𝑎𝑡 s−1), were converted into mass flow produc-
tion source terms (𝑅𝑖, kg m−3 s−1) to ensure dimensional consistency 
with the species conservation equations solved in ANSYS Fluent. Each 
species’ production or consumption rate was scaled by the local catalyst 
weight and normalized to the corresponding cell volume. Using this 
approach, the production and consumption rates of each species in 
catalyst cells can be accurately determined based on the local catalyst 
weight. The DEFINE_EXECUTE_AT_END macro was utilized in Fluent 
to determine the gas species and energy source terms at the end of 
each iteration step and to store these values in user-defined memory 
(UDM). Subsequently, the DEFINE_SOURCE macro was used to access 
the stored volumetric source terms for integration into the relevant 
species and energy conservation equations [21].

5.2. PMR flow field characterizations

In fluid dynamics simulations of gas flows in reactors, generally, 
compressibility effects become significant in high-velocity regimes. 
When the velocity of a fluid approaches or exceeds the local speed 
of sound, pressure–density coupling must be considered, as density 
variations strongly influence the computed velocity, pressure, and tem-
perature distributions [22]. Flow compressibility effects are typically 
quantified using the Mach number (Ma), which is described as: 
𝑀𝑎 = 𝑢

𝑐
(8)

where 𝑐 is the speed of sound in the gas flow:
𝑐 =

√

𝛾𝑅𝑇 (9)

𝛾 = 𝑐𝑝∕𝑐𝑣 (10)

with 𝛾 representing the ratio of specific heats. Based on the PMR 
feed conditions listed in Table  7, the Mach number is approximately 
10−4, well below 0.1. This indicates that compressibility effects are 
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negligible, and density variations due to pressure changes can be safely 
ignored in the model. Therefore, an incompressible flow model is 
used. Furthermore, a pressure-based solver is chosen over a density-
based solver, given that the pressure-based solver is capable of resolv-
ing flows spanning from incompressible to moderately compressible 
regimes [22]. In earlier studies, we determined the optimal operating 
conditions for the PMR system [16]. In that work, the second Damköh-
ler number, which compares the characteristic time scale of methane 
molecular diffusion with those of the SMR and WGS surface reactions, 
was found to be on the order of 10−1 for a methane feed flow rate of 
16.2 Nml min−1. The same methane feed flow rate is used as the initial 
input to the nickel feed tube. This indicates that hydrogen production 
reactions operate in a kinetically-controlled regime rather than being 
limited by mass transport under the operating conditions considered, 
thereby supporting the model simplification of neglecting an explicit 
catalyst layer representation in the CFD model.

The density for an incompressible ideal gas fluid is determined by: 

𝜌 = 𝑃
𝑅
𝑀𝑤

𝑇𝑓𝑙𝑢𝑖𝑑
(11)

where the 𝑃  is the operating pressure of the system, 𝑅 is the universal 
gas constant, 𝑀𝑤 is the molecular weight and 𝑇𝑓𝑙𝑢𝑖𝑑 is the local tem-
perature of the fluid. The operating pressure serves as a reference value 
for determining the gas density when using the ideal gas law in CFD 
simulations. For incompressible flow, density variations with pressure 
are neglected, and the density is calculated based on the operating 
pressure and temperature, which simplifies the numerical solution for 
low Mach number flows.

The Reynolds number is a dimensionless quantity used to charac-
terize the bulk flow regime by relating the inertial to the viscous forces 
present in a control volume [23,24]. Laminar flow typically occurs for 
𝑅𝑒 < 2000, while turbulent flow is observed for 𝑅𝑒 > 2300 [25]. Based 
on the feed conditions provided in Table  6, a Reynolds number of 7 
is calculated for the flow of the bulk fluid at the feed tube inlet. This 
value, together with literature evaluations of high-temperature wash-
coated reformers operating under laminar flow at similar conditions 
and geometries [26–28], supports the assumption of a laminar flow 
regime in the multi-physics PMR model.

In summary, the CFD model is developed based on the following 
assumptions:

1. The gas phase behaves as an incompressible ideal gas, with the 
fluid density computed from the ideal gas law under constant 
pressure conditions.

2. The simulations are conducted under steady-state conditions.
3. Uniform heat flux at the boundary of the protonic membrane 
wall throughout the axial spatial domain.

4. The catalyst is assumed to be uniformly distributed along the 
membrane wall, and its internal transport effects are incor-
porated via the effective catalyst weight used in the reaction 
kinetics model.

5. A Faradaic efficiency of 100% is assumed for HER/HOR, indi-
cating that all applied current is fully utilized for driving the 
hydrogen extraction rate.

6. The solid material properties, including heat capacity, thermal 
conductivity, and density, are assumed constant.
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Table 6
Fluid properties used for Reynolds number calculation.
 Property Value  
 Density 4.90 × 10−1 kgm−3  
 Velocity 6.40 × 10−2 ms−1  
 Dynamic viscosity 3.17 × 10−5 kgm−1 s−1 

5.3. Boundary conditions

The defined source terms and boundary conditions are detailed 
here. Key boundaries include the nickel feed tube walls, the anode 
chamber boundaries (anodic inlet and outlet), and the anode. The 
parameters applied to these boundaries are summarized in Table  7. 
At the inlet of the feed tube, all boundary conditions, including the 
mass flow rate, the composition of the gas mixture, and the reforming 
temperature, were set according to the experimental operating points 
and conditions. The anode chamber outlet was modeled as a pressure 
outlet, while the protonic membrane anode was assigned a constant 
heat flux and a non-slip condition. For the nickel feed tube, a coupled 
thermal boundary was applied to ensure heat flux continuity between 
the solid and fluid phases. Non-slip and zero species flux assumptions 
were also imposed at the solid feed tube interface to ensure zero 
velocity and zero mass flux at the feed tube boundary. The anode 
is another critical region where reaction and heat source terms are 
applied. Therefore, the thermo-electrochemical reactions are defined 
as source terms in the UDF, at the protonic membrane wall boundary 
(anode), based on the governing equations shown in Section 5.1.

The energy balance across the modeled reformer includes the en-
thalpy of the anodic feed, the heats of reaction for SMR and WGS, 
heat losses to the surroundings, and heat generation associated with 
electrochemical hydrogen extraction. The exact heat flux profile of the 
experimental PMR was not measured. Thus, to represent the combined 
effects of heat transfer, a constant heat flux boundary condition is 
applied to the anode. This approximation allows the simulation to cap-
ture the overall heating effects on the membrane walls, feed tube, and 
the convective fluid mixture. To ensure the validation of this heating 
simulation, the applied heat flux is iteratively adjusted to match the 
CFD-predicted temperature distribution with experimental temperature 
data. This approach involves comparing the temperatures in the CFD 
model geometry to the corresponding positions in the experimental 
PMR and adjusting the applied heat flux in the simulation to match 
observations.

Remark 3.  The decision to apply a simplified heat flux boundary 
condition at the anode wall (anode–membrane interface), rather than 
explicitly modeling the cathode chamber’s thermal resistance, is based 
on experimental and modeling practicalities. In a laboratory-scale fur-
nace, the heat transfer involves a complex series of radiation and 
convection steps through intermediate gas layers. Directly measuring 
the local flux variations throughout these layers is experimentally 
infeasible. Therefore, an aggregated heat flux at the boundary was 
used and calibrated to match the experimental reformer outlet. Even 
with a more complex model, the outer furnace boundary would still 
require an assumed or fitted thermal profile. By applying the heat 
flux condition at the anode wall, a reduction in error accumulation is 
realized because thermocouple measures the anodic fluid temperature 
in experiments, not the cathodic fluid temperature. Since the system is 
kinetically driven, the modeling priority was to accurately reflect the 
thermal environment of the catalyst bed.

6. Mass, momentum and energy transport

The governing equations for conservation of mass, momentum, en-
ergy, and species transport within the 2D PMR computational domain 
are presented in the following subsections.
8 
6.1. Conservation of mass in fluid regions

The continuity equation for the computational domain takes the 
form: 
𝜕𝜌
𝜕𝑡

+ ∇ ⋅ (𝜌𝑣) = 𝑆𝑚 (12)

where 𝜌 denotes the fluid density, 𝑣 is the velocity vector, and 𝑆𝑚
represents the mass exchanged to or from the gas phase through any 
user-defined source terms. Specifically, the term 𝑆𝑚 (kg m−3 s−1) 
represents the mass source term in the overall continuity equation and 
is needed to mathematically represent hydrogen flux from the defined 
control volume into the cathode chamber. The extraction of hydrogen 
from the anode chamber results in a net removal of mass from the 
anodic gas mixture. This physical loss is represented in the continuity 
equation by a nonzero total mass source term, 𝑆𝑚. The divergence of 
the velocity field, ∇ ⋅ 𝑣, captures volumetric flow rate changes induced 
by reaction-driven mass transfer.

6.2. Species transport in fluid regions

The species transport differential equations govern the mass frac-
tions 𝑌𝑖 of each species 𝑖 in the bulk fluid phase of the PMR, accounting 
for convective transport, diffusive transport, and reaction source terms. 
The species balances are expressed as: 
𝜕
𝜕𝑡
(𝜌𝑌𝑖) + ∇ ⋅ (𝜌𝑣𝑌𝑖) = −∇ ⋅ 𝐽𝑖 + 𝑅𝑖, (13)

where 𝑌𝑖 is the mass fraction of species 𝑖, 𝜌 is the fluid density, 𝑣 is the 
velocity vector, 𝐽𝑖 is the diffusive flux of species 𝑖, and 𝑅𝑖 represents 
the net rate of production or consumption of species 𝑖 due to chemical 
reactions. Chemical reactions conserve total mass, so the net loss of 
overall mass from the control volume due to hydrogen extraction is 
included in the 𝑆𝑚 term of Eq. (12). The source terms 𝑅𝑖 (kg m−3 s−1) 
in the species mass balances, on the other hand, represent the total 
mass added or removed from gas species 𝑖. Please note that 𝑅𝑖 and 
𝑆𝑚 have the same units, however, 𝑅𝑖 represents mass generation or 
consumption of species 𝑖 and 𝑆𝑚 represents the total mass added to 
or removed from the control volume. The diffusive flux 𝐽𝑖 of species 𝑖
is modeled by Fick’s law: 
𝐽𝑖 = −𝜌𝐷𝑖𝑗∇𝑌𝑖, (14)

where 𝐷𝑖𝑗 is the binary species diffusion coefficient, determined by the 
Chapman–Enskog formula [29] based on the Lennard-Jones parame-
ters: 

𝐷𝑖𝑗 = 0.00188
𝑇 3∕2

𝑝𝜎2𝑖𝑗𝛺𝐷

(

1
𝑀𝑤,𝑖

+ 1
𝑀𝑤,𝑗

)1∕2
(15)

where 𝑝 is the absolute pressure, 𝑀𝑤 is the molecular weight, 𝑐𝑝 is 
the heat capacity, 𝜎 is the collision diameter, and 𝛺 is the collision 
integral [30].

6.3. Momentum transport in fluid regions

The Eulerian general momentum conservation equation in a non-
accelerating (inertial) frame in CFD is expressed as: 
𝜕
𝜕𝑡
(𝜌𝑣) + ∇ ⋅ (𝜌𝑣𝑣) = −∇𝑝 + ∇ ⋅ (𝜏) + 𝜌𝑔 (16)

where 𝜌 is the fluid density, 𝑣 is the velocity vector, 𝜏 denotes the 
viscous second-order stress tensor, and 𝑔 is the gravitational accelera-
tion vector [31]. The term ∇ ⋅ (𝜌𝑣𝑣) represents the convective transport 
of momentum in a fluid, where 𝑣𝑣 denotes a second order dyadic 
tensor, which is transformed into a vector by the divergence operator, 
accounting for the net rate of momentum flux in and out of a control 
volume in each direction. [32]. For incompressible flow, the stress 
tensor is defined as: 
𝜏 = 𝜇

[(

∇𝑣 + ∇𝑣T
)]

(17)
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Table 7
Boundary conditions used in the PMR model.
 Position Boundary description Boundary condition  
 Anodic feed Constant mass flow rate 𝑚̇ = 8.88 × 10−7kg s−1  
 Constant gas composition CH4: 16.16 Nml min−1 
 H2O: 43.05 Nml min−1 
 H2: 9.00 Nml min−1  
 Ar: 3.49 Nml min−1  
 Constant inlet temperature 𝑇 = 177 ◦C  
 Anodic effluent Zero reversed flow 𝑢𝑛 ≥ 0  
 Protonic membrane wall Constant heat flux 𝑞 = 𝑞wall  
 No-slip wall 𝑢 = 0⃗  
 
Nickel feed tube

Coupled thermal boundary 𝜅𝑓
𝜕𝑇𝑓
𝜕𝑛

= −𝜅𝑠
𝜕𝑇𝑠
𝜕𝑛

 
 No-slip wall 𝑢 = 0⃗  
 Zero species flux 𝜕𝑌𝑖

𝜕𝑛
= 0  
where 𝜇 is the dynamic viscosity of the fluid, ∇𝑣 is the velocity gradient 
tensor, and ∇𝑣T is its transpose. The sum of these parameters represents 
the rate-of-strain tensor, which accounts for deformation due to shear 
forces. For incompressible flows, ∇ ⋅ 𝑣 = 0, so the contribution from 
volumetric expansion or compression is neglected [33].

The viscosity for the PMR gas mixture is determined by the ideal 
gas mixing law based on the Wilke method [34]. Alternatively, the 
viscosity for each gas species is determined using the ANSYS Fluent 
built-in kinetic model based on the Chapman–Enskog theory [35]. The 
following equations describe both theories:

𝜇𝑖 = 2.67 × 10−8
√

𝑀𝑤𝑇𝑓𝑙𝑢𝑖𝑑
𝜎2𝛺

(18)

𝜇 =
∑

𝑖

𝑋𝑖𝜇𝑖
∑

𝑗 𝑋𝑗𝜙𝑖𝑗
(19)

𝜙𝑖𝑗 =

[

1 +
(

𝜇𝑖
𝜇𝑗

)1∕2
(𝑀𝑤,𝑗

𝑀𝑤,𝑖

)1∕4
]2

√

8
(

1 + 𝑀𝑤,𝑖
𝑀𝑤,𝑗

)

(20)

where 𝑋𝑖 is the mole fraction of species 𝑖, 𝜇𝑖 is the dynamic viscosity 
of species 𝑖, 𝜇𝑗 is the dynamic viscosity of species 𝑗, and 𝜙𝑖𝑗 is the 
interaction parameter between species 𝑖 and 𝑗, 𝑀𝑤 is the molecular 
weight of species 𝑖, 𝜎 is the collision diameter, and 𝛺 is the collision 
integral [36].

In general, the developed momentum equation assumes a Newto-
nian fluid with dynamic viscosity 𝜇, representing the internal friction. 
The left-hand side captures the rate of change of momentum and 
convective transport, while the right-hand side includes the effects of 
pressure gradient, viscous diffusion, and body forces. This equation 
ensures that momentum is balanced throughout the entire spatial do-
main, taking into account both internal fluid motion and external fluid 
influences, such as gravity.

6.4. Energy transport in fluid regions

The general heat transport equation has the form:

𝜕
𝜕𝑡

(

𝜌f luid𝐸f luid
)

+ ∇ ⋅
(

𝑣 𝜌f luid𝐸f luid
)

= ∇ ⋅
(

𝑘f luid∇𝑇f luid
)

− ∇ ⋅

(

∑

𝑖
ℎ𝑖𝐽𝑖

)

+
∑

𝑖
𝛥𝐻rxn,i + 𝑞wall (21)

where 𝐸fluid is the specific total energy of the bulk fluid mixture. The 
first two terms on the left-hand side represent the transient change in 
total energy of the bulk fluid. The total energy for this fluid is separately 
defined as: 

𝐸 = 𝑈 + 𝑣2 (22)
f luid f luid 2
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where 𝑈f luid is the specific internal energy of the bulk fluid, 𝑣2

2  is 
the kinetic energy due to the macroscopic motion of the bulk fluid, 
and 𝑈f luid is calculated from the sum of the specific enthalpy and the 
pressure–volume work contribution: 

𝑈f luid = 𝐻f luid −
𝑃

𝜌f luid
(23)

Here, 𝜌f luid is the fluid density. The fluid enthalpy 𝐻f luid is defined as:

𝐻f luid =
∑

𝑗
𝑌𝑗 𝐻𝑗 +

𝑃
𝜌

(24)

ℎ𝑗 = ∫

𝑇

𝑇ref
𝑐𝑝,𝑗 𝑑𝑇 (25)

where 𝑌𝑗 is the mass fraction of species 𝑗, and ℎ𝑗 is the specific enthalpy 
of species 𝑗, calculated from the specific heat 𝑐𝑝,𝑗 relative to a reference 
temperature 𝑇ref , which is 298.15 K. The specific enthalpy of species 
𝑐𝑝,𝑗 is calculated using NASA polynomial expressions [37]. The mixture 
specific heat is then obtained by mixing law of the individual 𝑐𝑝,𝑗
values: 
𝑐𝑝 =

∑

𝑖
𝑋𝑗 𝑐𝑝,𝑗 (26)

The thermal conductivity of the bulk fluid is calculated from the 
ideal gas mixing law for gas mixtures:

𝑘𝑖 =
15
4 ⋅

𝑅
𝑀𝑤

𝜇
[

4
15 ⋅

𝑐𝑝𝑀𝑤

𝑅
+ 1
3

]

(27)

𝑘𝑓𝑙𝑢𝑖𝑑 =
∑

𝑖

𝑋𝑖𝑘𝑖
∑

𝑗 𝑋𝑗𝜙𝑖𝑗
(28)

𝜙𝑖𝑗 =

[

1 +
(

𝜇𝑖
𝜇𝑗

)1∕2
(𝑀𝑤,𝑗

𝑀𝑤,𝑖

)1∕4
]2

√

8
(

1 + 𝑀𝑤,𝑖
𝑀𝑤,𝑗

)

(29)

where 𝑘𝑖 is the thermal conductivity of species 𝑖, 𝑘𝑓𝑙𝑢𝑖𝑑 is the thermal 
conductivity of the gas mixture, 𝑅 is the universal gas constant, 𝑀𝑤 is 
the molecular weight of species 𝑖, 𝜇 is the dynamic viscosity of species 
𝑖, 𝑐𝑝 is the specific heat capacity of relevant components at constant 
pressure, and 𝜙𝑖𝑗 is the interaction parameter between species 𝑖 and 𝑗.

The second term in the energy balance (Eq. (21)) primarily rep-
resents the convective transport of energy by the bulk fluid traveling 
through the PMR. The balance includes internal energy but neglects 
pressure-work contributions, 𝑃∇ ⋅ 𝑣, which is negligible for incom-
pressible flow. On the right-hand side, 𝑘fluid and 𝑇fluid are the thermal 
conductivity and temperature of the fluid, representing heat conduction 
within the fluid. The term −∇ ⋅

(

∑

𝑖 ℎ𝑖𝐽𝑖
)

, where ℎ𝑖 is the specific 
enthalpy and 𝐽𝑖 the diffusive mass flux of species 𝑖, captures enthalpy 
transport due to species diffusion through the bulk and toward the 
boundaries of each solid phase. The summation ∑ 𝛥𝐻  therefore 
𝑖 rxn,𝑖
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accounts for the net enthalpy change within the computed regions of 
the PMR unit, representing the balance between the heat absorbed by 
the endothermic SMR reaction and the heat released by the exothermic 
WGS reaction. Finally, 𝑞wall represents the heat flux applied at the 
protonic membrane boundary. Together, these terms represent the 
evolution of energy transport throughout the bulk fluid of the PMR.

6.5. Energy transport in the solid region (nickel feed tube)

The energy transport within the solid nickel feed tube is governed 
by the transient heat conduction equation:
𝜕(𝜌𝑠𝑜𝑙𝑖𝑑𝐻𝑠𝑜𝑙𝑖𝑑 )

𝜕𝑡
= ∇ ⋅ (𝑘𝑠𝑜𝑙𝑖𝑑∇𝑇𝑠𝑜𝑙𝑖𝑑 ) + 𝑆𝑠 (30)

𝐻𝑠𝑜𝑙𝑖𝑑 = ∫

𝑇

𝑇ref
𝑐𝑝,𝑠𝑜𝑙𝑖𝑑 𝑑𝑇 (31)

where 𝜌𝑠𝑜𝑙𝑖𝑑 , 𝐻𝑠𝑜𝑙𝑖𝑑 , 𝑘𝑠𝑜𝑙𝑖𝑑 , 𝑇𝑠𝑜𝑙𝑖𝑑 , 𝑆𝑠 are the density, specific en-
thalpy, thermal conductivity, local temperature, and any volumetric 
heat source within the solid phase (nickel feed tube). The feed tube 
does not generate internal heat, so 𝑆𝑠 = 0. Instead, heat is primarily 
transferred to the solid-phase feed tube through heat conduction driven 
by a temperature differential in the surrounding fluid regions. The 
enthalpy of the solid phase is defined in mass units in the simulation, 
since c𝑝,𝑠𝑜𝑙𝑖𝑑 is also in mass units. Thus, the time derivative of the solid 
phase enthalpy, when multiplied by density, becomes J m−3 s−1, which 
are the same units of the heating source term for the reaction enthalpies 
in Eq (21). At the fluid–solid interface of the nickel feed tube, conjugate 
heat transfer (CHT) conditions are applied to ensure the continuity of 
temperature and heat flux, such that 

𝑘𝑠𝑜𝑙𝑖𝑑
𝜕𝑇𝑠𝑜𝑙𝑖𝑑
𝜕𝑛

= 𝑘𝑓𝑙𝑢𝑖𝑑
𝜕𝑇𝑓𝑙𝑢𝑖𝑑
𝜕𝑛

(32)

where 𝑘𝑓𝑙𝑢𝑖𝑑 and 𝑇𝑓𝑙𝑢𝑖𝑑 are the thermal conductivity and temperature of 
the fluid at the solid interface, and 𝜕∕𝜕𝑛 denotes the normal derivative 
at the feed tube boundaries (standard notation for boundary conditions 
in transport phenomena to ensure the continuity of heat flux across the 
interface). The feed tube enthalpy, 𝐻𝑠𝑜𝑙𝑖𝑑 , is equivalent to its internal 
energy since pressure effects are negligible in solids. This formulation 
ensures that the heat conducted through the bulk fluid is accurately 
transferred to the nickel feed tube.

7. CFD model results and discussion

In this section, spatially resolved contour profiles of temperature, 
species concentrations, density, and velocity enable evaluation of global
reformer performance metrics. These metrics include reactant conver-
sion, hydrogen product purity, heat losses, and effective fluid transport. 
The model was first validated under steady-state conditions through 
a comparison with experimental PMR data for two representative 
operating cases: (i) without hydrogen extraction and (ii) with hydrogen 
extraction through the membrane.

7.1. CFD model validation and analysis for case I: Zero hydrogen flux

The first case establishes hydrogen production rates in the absence 
of electrochemical hydrogen separation. As shown in Fig.  5, the average 
volumetric flow rates of anodic gas species predicted by the CFD model 
mirrored experimental observations, demonstrating the accuracy of the 
model at a current density of 0.0 A cm−2. Moreover, the consistent 
trends across all species indicate that the model effectively captures 
both the reaction kinetics and transport processes in the PMR system. 
Any small deviations in predicted flow rates that are observed at lower 
temperatures, especially at 584 and 631 ◦C, can be attributed to exper-
imental measurement uncertainties or numerical errors when species 
concentrations are close to zero. Overall, the close match validates the 
model’s ability to predict steady-state anodic species concentrations 
over a larger range of operating temperatures. Hydrogen production 
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Fig. 5. Comparison of CFD calculated and experimental gas production rates 
at 0.0 A of applied current. Steady-state production rates at five distinct tem-
peratures are compared with CFD steady-state simulation results. Specifically, 
volumetric flow rates (Nml min−1) of bulk fluid components are evaluated for 
both datasets; water vapor is condensed prior to gas product quantification in 
the experimental system and is therefor excluded from the figure. Experimental 
data points are also presented with error bars to indicate measurement 
uncertainty.

Fig. 6. Mole fraction contour plots of CH4, H2, CO, and CO2 at steady-state 
conditions (i = 0.0 A, P = 3.2 bar, 𝑇  = 786 ◦C).

Fig. 7.  Contour plots of gas velocity magnitude (𝑢, m/s) and gas density (𝜌, 
kg m−3) at steady-state conditions (i = 0.0 A, P = 3.2 bar, 𝑇  = 786 ◦C).

and methane consumption increase with operating temperature, as 
expected for kinetically-dominant operating conditions. The carbon 
monoxide production rate increases at higher temperatures, which is 
consistent with both kinetic and thermodynamic expectations. The 
endothermic SMR reaction and the exothermic WGS reaction exhibit 
opposing temperature dependencies: at higher temperatures, the SMR 
equilibrium shifts toward products (H2 and CO), whereas the WGS equi-
librium shifts toward reactants (CO and H2O) [38]. The combination of 
accelerated carbon monoxide production via SMR, and limited carbon 
monoxide consumption via WGS, leads to the observed increase in the 
carbon monoxide molar concentration in the reacting fluid mixture.

The steady-state mole fractions for each anodic species is shown 
in Fig.  6. A minimum hydrogen mole fraction occurs at the inlet of 
the anode chamber, where hydrogen is introduced as a feed gas to 
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Fig. 8.  Simulated temperature contour plots of the PMR at 0.0 A, 3.2 bar, 
and five different operating temperatures: (A) 584 ◦C, (B) 631 ◦C, (C) 679 ◦C, 
(D) 737 ◦C, and (E) 786 ◦C. In (A)-(E), the reported temperatures are reported 
at 𝑧 = 0.05 m, which is the approximate position of the thermocouple in the 
experimental PMR unit.

limit coke-producing side reactions. Along the axial length of the anode 
chamber, toward the anode chamber outlet, the hydrogen mole fraction 
increases nonlinearly from 0.1 to 0.3 within the first 2.0 cm of the 
anode chamber. This significant increase in the hydrogen mole fraction 
suggests that the hydrogen production rate is maximized along the 
first 1/3 of the anode surface (Fig.  6, read from right to left). Subse-
quently, the hydrogen mole fraction continues to increase throughout 
the anode chamber as the WGS reaction approaches a maximum near 
the anode chamber outlet. Methane conversion is also shown in Fig. 
6. The methane mole fraction is highest in the anodic feed near the 
anode chamber inlet. As the anodic feed comes into contact with the 
anode, the methane mole fraction decreases significantly, indicating 
rapid methane conversion along the first 1/3 of the protonic membrane 
reformer length. Similar trends are observed for carbon monoxide and 
carbon dioxide: both species are absent in the anodic feed, with their 
mole fractions increasing immediately as the anodic feed first reaches 
the anode, where reaction rates are highest. From this point, both of the 
carbon oxide mole fractions increase gradually along the membrane as 
the SMR and WGS reactions progress through the axial-length of the 
reformer.

Fig.  7 shows the velocities and densities of the gas mixture in the 
feed tube and the anode chamber of the PMR unit. The velocity profiles 
are dictated by temperature and the cross-sectional areas of the tube-
in-tube reformer geometry; the gas velocity in the nickel feed tube is 
higher due to its smaller cross-sectional area. In the MEA cap region, 
where there is extra volume in the anode chamber, the velocity of 
the feed mixture drops to near-zero. Downstream, the gas velocity 
of the anodic effluent is lower than that of the anodic feed, but is 
still higher than the gas velocity in the stagnated cap region. The 
changes in velocity are attributed to the different diameters of the 
anode chamber main region, the anode chamber inlet, and the nickel 
feed tube. Specifically, the anode chamber outlet cross-sectional area, 
0.23 cm2, is larger than that of the anode chamber inlet, 0.08 cm2, 
but smaller than that of the cap region, 0.38 cm2. As a result, the 
density within the anode chamber inlet is slightly higher than in the 
remaining regions of the anode chamber, though the highest fluid 
density occurs at the feed tube inlet. This variation is primarily due 
to temperature gradients throughout the unit. The anodic feed at the 
feed tube inlet has the lowest temperature, leading to a higher gas 
density; the reacting fluid near the anode surface experiences the higher 
temperatures, causing a corresponding decrease in the density of the 
reacting gas mixture adjacent to the anode.

The temperature predictions of the CFD simulation elucidate the 
axial and radial temperature profiles that are not measurable in the ex-
periment, which highlights the importance of this multi-physics model. 
Fig.  8, in particular, presents temperature contour plots for five anode 
chamber outlet temperatures: 584, 631, 679, 737, and 786 ◦C. For 
all outlet conditions, the temperature of the feed tube inlet is lowest, 
caused by the entry of cool feed gas into the PMR unit. The temperature 
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maxima are located at two points, namely, the anode surface and the 
MEA cap region. The anode surface is closest to the specified heat 
source and the gas stagnation layer in the cap region leads to locally 
higher temperatures. In Fig.  9, the 1D axial profiles of the temperature 
of the anode chamber and the molar concentrations of gas species 
provide further insight into the performance of the reformer at the 
anode. In Fig.  9(a), the reformer temperature begins to decrease at 
𝑧 = 0.05 m, as energy is consumed by the highly endothermic SMR 
reaction. Along the anode chamber toward the outlet (from 𝑧 = 0.05 m 
to 𝑧 = 0.02 m), the temperature gradually increases as the SMR reaction 
rate decreases, consistent with our conclusion for the steady-state mole 
fraction contour plots (Fig.  6).

According to the molar concentration profiles in Fig.  9(b), the mo-
lar concentration of hydrogen, carbon dioxide, and carbon monoxide 
increases, while those of methane and water decrease at 𝑧 = 0.05 m. 
From 𝑧 = 0.05 m to 𝑧 = 0.00 m, the concentrations of hydrogen 
and carbon oxides increase while the methane concentration decreases, 
consistent with the progression of the SMR and WGS reactions along the 
axial length of the reformer. This trend reflects the approach toward 
reaction equilibrium and indicates continuous reaction activity along 
the anode surface. Additionally, the location where these concentration 
changes occur aligns with the point of temperature reduction in Fig. 
9(a), demonstrating that the highest hydrogen production rate occurs 
at approximately 𝑧 = 0.05 m, corresponding to the initial region of 
the catalyst. A similar species trend was observed in the study by [8], 
where species consumption was highest at the PMR inlet and gradually 
decreased in the axial direction toward the PMR outlet.

7.2. CFD model validation and analysis for case II: Non-zero hydrogen flux

After validating the CFD model for the first case (zero hydrogen 
flux), a non-zero hydrogen flux was introduced to systematically eval-
uate rates of hydrogen extraction on the performance of the PMR 
unit. The comparison between CFD simulation results and experimental 
results under steady-state conditions for hydrogen extraction currents 
of 4.5 A (0.30 A cm−2) and 9.0 A (0.59 A cm−2) are presented in Fig.  10. 
The figure compares the average outlet volumetric flow rates of anodic 
effluent species, as well as cathodic hydrogen, predicted at 786 ◦C 
and 3.2 bar, with experimental measurements obtained under the same 
conditions. As shown in Fig.  10(a), when 4.5 A of current is applied, the 
deviations between the CFD predictions and the experimental results 
are generally low for the anode chamber outlet composition. For the 
anodic carbon dioxide, cathodic hydrogen, and anodic hydrogen volu-
metric flow rates, the CFD predictions fall within the experimental error 
bars. These deviations are acceptable, as most of the species remain 
within or slightly outside the experimental error bars. Specifically, 
the relative error for CFD predicted anode and cathode hydrogen 
production flow rates are 11.1% and 0.95%, respectively, which are 
reasonable considering uncertainties in experimental measurements, 
fluctuations in sensor readings, and potential discrepancies between the 
catalyst weight used in the experiment and the effective catalyst weight 
in the CFD model.

In Fig.  10(b), when a current density of 0.59 A cm−2 is applied 
to the PMR unit, the CFD model prediction for extracted hydrogen 
has a relative error of 6.6%. The CFD-predicted total hydrogen pro-
duction rate, defined as the sum of anodic and cathodic hydrogen 
flow rates (67.6 Nml min−1), has a relative error of 3.3%. Thus, the 
overall reaction kinetics are well-captured, while the minor deviations 
in individual chamber flow rates indicate a slight over-estimation of 
the hydrogen flux from the anode to the cathode chamber that is still 
within the experimental measurement error. The over-estimation of 
hydrogen flux is expected, given the assumed Faradaic efficiency of 
100% for all current densities in the CFD model. In fact, experimental 
measurements achieved 93% Faradaic efficiency at current densities at 
or above 0.59 A cm−2. While CFD-predicted cathodic hydrogen flow 
rates are slightly higher than experimental values at current densities 
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(a) PMR temperature profile.

  
(b) Concentration profiles of gas species.

 

Fig. 9. Modeled 1D axial gas species concentrations and temperature profiles along PMR reaction zone at 0.0 A of applied current. In the axial direction, 𝑧 = 0.00
m corresponds to the catalyst surface near the reactor outlet, and 𝑧 = 6.10 × 10−2 m corresponds to the anode surface closest to the MEA cap.
 
(a) Anodic product distributions at multiple current densities.

  
(b) Cathodic hydrogen extraction rates at multiple current densities.

 

Fig. 10. Comparison of CFD calculated and experimental volumetric flow rates (Nml min−1) of hydrogen (in both the anode and cathode chambers), and anodic 
species, at 4.5 A (0.30 A cm−2) and 9.0 A (0.59 A cm−2) of applied current. Both datasets correspond to steady-state conditions under an operating pressure of 
3.2 bar and a temperature of 786 ◦C. The cathodic hydrogen flow represents the amount of hydrogen extracted when the hydrogen flux is non-zero. Water is 
condensed prior to gas product quantification in the experimental system and is therefore excluded from the figure. Experimental data are also presented with 
error bars to indicate measurement uncertainty.
Table 8
CFD model performance under different operating currents.
 Current (A) H2 Prod. (Nml min−1) CH4 Conv. (%) H2 Recovery (%) CO2:CO Ratio 
 2.5 61.4 98.2 28.1 0.49  
 4.5 63.0 99.1 49.3 0.64  
 6.5 64.7 99.7 69.4 0.91  
 9.0 67.6 100 91.9 1.83  
near 0.59 A cm−2, the assumption of 100% Faradaic efficiency remains 
a reasonable approximation in the present simulations for most current 
densities throughout the PMR operating domain.

In Fig.  11(a), the molar concentrations of gas species along the 
anode chamber in the 1D axial direction are shown for the case in 
which the hydrogen flux through the protonic membrane is non-zero 
(i.e, an external fixed current at 4.5 A and 9.0 A is applied to the 
electrochemical circuit). Compared to the 1D axial species concen-
tration profiles without hydrogen extraction in Fig.  9(b), the molar 
concentration distribution of products shows a similar trend: methane 
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decreases as the primary reactant, while the concentrations of the 
carbon oxides increase. The main difference between the case studies 
lies in the hydrogen concentration profile along the axial length of 
the anode chamber; and it should be noted that hydrogen extraction 
at 4.5 A also separates 31.3 NmL min−1 of fluid volume from the 
anode chamber, which shifts the volume basis used to calculate species 
molar concentrations. When the hydrogen flux is zero, the hydrogen 
concentration increases monotonically along the anode surface and 
reaches 2.14 × 10−2 M in the anodic effluent gas mixture. By contrast, 
in Fig.  11(a), with hydrogen flux enabled, the hydrogen concentration 
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(a) 1D axial molar concentration (𝐶, M) profiles of key gas species 
along the anode surface in the PMR unit at 4.5 A of applied current.

  
(b) 1D axial anodic hydrogen production rate (𝑟H2 , kg m−3 s−1) 
distribution under four applied currents (2.5, 4.5, 6.5, and 9.0 A).

 

Fig. 11.  Axial profiles along the anode chamber in the PMR unit. The horizontal axis represents the distance from the anode chamber outlet (𝑧 = 0.00 m) to 
the MEA cap (𝑧 = 6.10 × 10−2 m), corresponding to the anode chamber inlet.
 
(a) Hydrogen (anodic) mole fraction contours in the anode chamber at 
applied currents of 2.5, 4.5, 6.5, and 9.0 A (𝑃 = 3.2 bar, 𝑇 = 786 ◦C).

  
(b) Hydrogen (anodic) mole fraction contours at the anode chamber outlet 
at 0.0 A and 9.0 A of applied current.

 

Fig. 12.  Hydrogen mole fraction contour profiles in the anode chamber and at the anode chamber outlet of the PMR unit. The anode chamber outlet section 
shown corresponds to 𝑧 = [0.00 m, 6.00 × 10−4 m] and 𝑟 = [2.25 × 10−3 m, 3.50 × 10−3 m]. In the outlet comparison, the left profile shows the anodic hydrogen 
mole fraction without extraction, while the right profile shows the anodic hydrogen mole fraction when the reformer is subject to an applied current of 9.0 A.
decreases along the axial direction of the anode chamber and hits 
1.60 × 10−2 M at the anode chamber outlet, reflecting the extraction 
of hydrogen through the protonic membrane. The removal of hydrogen 
through the membrane also impacts the concentrations of other species 
at the anodic chamber outlet: the concentration of methane decreases 
from 3.8 × 10−4 M to 7.8 × 10−5 M, while the carbon monoxide and 
carbon dioxide concentrations increase from 4.0×10−3 M and 1.5×10−3
M to 4.9 × 10−3 M and 3.2 × 10−3 M, respectively. The shift in the 
thermodynamic equilibrium toward increased methane consumption 
and carbon dioxide production upon hydrogen removal is consistent 
with Le Chatelier’s principle [39], validating the model’s capacity to 
capture a different process behavior when hydrogen extraction is im-
plemented. Larger hydrogen yields are also reflected in higher carbon 
dioxide production rates at 0.59 A cm−2 in Fig.  10(a). Overall, the 
species concentration profiles confirm the expected impact of hydrogen 
extraction on the distribution of reactants and products and shows a net 
gain of 16.8 NmL min−1 in overall hydrogen production rate (anodic 
plus cathodic).

When hydrogen is extracted through the protonic membrane, the 
local hydrogen concentration at the anode surface decreases. This 
phenomenon is captured in Fig.  11(b), which presents the 1D axial 
hydrogen production rate profile along the membrane at four distinct 
current densities. At all four current densities, the maximum reaction 
rate is observed at approximately 𝑧 = 0.05 m, and gradually decreases 
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moving away toward the outlet and the cap region, which is consistent 
with the previously discussed reaction phenomena. Along the axial 
positions of 0.03 m to 0.06 m, the hydrogen production rate is ap-
proximately the same, with a maximum value around 3.3 kg m−3 s−1. 
However, from the region from 0.00 to 0.03 m, the hydrogen produc-
tion rate gradually increases from 0.01 to 0.12 kg m−3 s−1 as the current 
applied to extract hydrogen increases from 2.5 A to 9.0 A, clearly 
demonstrating an increase in hydrogen production rate. Near the MEA 
cap region (around 𝑧 = 0.05 to 𝑧 = 0.06 m), the hydrogen production 
rate is relatively lower. This may be due to gas flow stagnation and 
limited convective transport, which could reduce the availability of 
reactants on the anode surface despite a lower local hydrogen con-
centration. Fig.  12(a) presents both axial and radial hydrogen mole 
fraction contours at applied currents of 2.5, 4.5, 6.5, and 9.0 A. Along 
the protonic membrane and toward the anode chamber outlet, the 
hydrogen mole fraction decreases from approximately 0.55 to 0.12 as 
the current increases from 2.5 to 9.0 A, demonstrating the removal 
of hydrogen from the anode chamber and to the cathode chamber in 
the CFD model. This is consistent with Fig.  11(b), as higher operating 
currents drive higher hydrogen extraction rates, leading to a depletion 
of the local hydrogen concentration.

To further examine the radial contribution throughout the anode 
chamber and near the anode surface, Fig.  12(b) presents an expanded 
view of the molar fraction profile of hydrogen in the anodic effluent at 
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0.0 A and 9.0 A of hydrogen extraction. In this region of the reformer, 
the hydrogen mole fraction at the anode chamber outlet decreases 
from 0.56 to 0.12 when the applied current to the PMR is increased 
from 0.0 A to 9.0 A. Despite the radial gradient induced by hydrogen 
extraction at 9.0 A in the CFD simulation, the variation in hydrogen 
mole fraction across the reformer radius remains relatively small. Being 
a highly diffusive gas, hydrogen rapidly diffuses from the bulk to the 
membrane surface, minimizing concentration differences across the 
radial dimension, generally. Further, in (Fig.  12(b), left), minor axial 
and radial hydrogen mole fraction gradients are observed. However, 
when hydrogen extraction is applied at 9.0 A (Fig.  12(b), right), the 
mole fraction gradient reverses, and the local hydrogen concentration 
is lower near the anode surface. As a result, a slight gradient in the 
hydrogen mole fraction is observed for the non-zero hydrogen flux 
case that ranges from 0.13 to 0.12 from r = 2.25 × 10−3 m to r = 
3.50 × 10−3 m. This reversal occurs because the hydrogen extraction 
rate is sufficiently large to deplete the anode surface of local hydrogen 
molecules, indicating a net flux of hydrogen toward the membrane and 
into the cathode side of the electrochemical cell. Complete depletion 
of hydrogen on the anode surface, however, causes voltage spikes as 
hydrogen recovery through the membrane becomes mass transport lim-
ited. In fact, [16] recorded voltage spikes at an applied current density 
of 0.67 A cm−2. Concurrent temperature spikes were also observed 
alongside voltage spikes in numerous experiments [17].

Table  8 summarizes the CFD-based hydrogen extraction simulations 
performed at the same temperature and pressure (786 ◦C and 3.2 bar) 
under different applied currents. The results highlight the effect of 
hydrogen removal on the total hydrogen volumetric flow rate (anodic 
plus cathodic), methane conversion, hydrogen recovery rate, and the 
CO2:CO ratio. As the applied current increases from 2.5 to 9.0 A, 
the total hydrogen flow rate rises from 61.4 to 67.6 Nml min−1, the 
methane conversion improves from 98.2% to 99.9%, the hydrogen 
recovery rate increases from 28.1% to 91.9%, and the CO2:CO ratio 
increases from 0.49 to 1.83. The observed trends can be attributed to 
the larger driving force for hydrogen flux across the protonic membrane 
at higher applied currents, which increases hydrogen extraction rates. 
Simultaneously, increased hydrogen extraction enhances the water-
gas shift reaction, resulting in a higher CO2:CO ratio. Overall, these 
predictions demonstrate that protonic membrane reforming improves 
equilibrium-limited reforming reactions, enabling higher conversion ef-
ficiency and improved selectivity for carbon dioxide in these hydrogen 
production systems.

8. CFD guided strategies for future reactor optimization

The developed CFD models provide insights into the influence of op-
erating conditions and reactor geometry on reactor performance, which 
can guide experimental optimization. Through parametric studies, the 
effects of key operating parameters, such as temperature, pressure, 
gas flow rates, and electric current applied to extract hydrogen, on 
temperature distribution, species concentration profiles, and hydrogen 
production rates can be systematically evaluated. These analyses can 
help identify the conditions that maximize reaction rates. In addition, 
geometric modifications, such as reducing the headspace near the 
cap region, can be investigated to assess their impact on fluid flow 
behavior, mass transport, and reaction kinetics in the initial reaction 
zone. Such simulations allow us to predict how these changes influence 
overall reactor efficiency. Although these optimizations have not yet 
been included in the present study, the CFD model provides a system-
atic framework to guide future experimental designs by prioritizing 
the most promising operating conditions and geometric configura-
tions, thereby reducing experimental costs and accelerating reactor 
development.

Carbon formation in hydrogen-depleted regions of the PMR anode 
warrants further investigation, and CFD with carbon formation kinetics 
would be a useful research direction. Experimentally, the protonic 
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membrane was evaluated over multiple experimental runs correspond-
ing to a cumulative time-on-stream of 9.05 days under combined 
thermo-electrochemical conditions. Minimal carbon deposition was ob-
served in the condenser section immediately downstream of the PMR 
anode chamber, suggesting that carbon formation within the system 
is limited under the operating conditions studied. Across this operat-
ing period, no measurable shift in CO:CO2 selectivity was observed, 
indicating stable catalytic performance. In addition, the electrochem-
ical performance of the membrane remained stable (FE ≈ 100%), 
and complete methane conversion was consistently achieved at an 
applied current of 9.0 A throughout the experiments. While these 
results indicate stable operation over the tested time-on-stream, the 
duration of laboratory-scale studies remains limited relative to in-
dustrial timescales. In particular, coke formation kinetics should be 
incorporated within detailed CFD models to rigorously assess long-term 
membrane stability and carbon deposition behavior under extended 
operation.

9. Conclusion

In this study, a 2D axisymmetric CFD model was developed and used 
to investigate the steady-state spatial distributions of mass and energy 
in a PMR unit. The model employed a lumped-parameter approach, 
incorporating the effects of anode surface kinetics and boundary con-
ditions through effective physical parameters. This allowed the CFD 
model to replicate experimental observables without resolving a fully 
detailed microstructural mesh. The model also elucidates unmeasured 
observables like flow stagnation, radial methane diffusion, axial anodic 
and cathodic hydrogen compositions, and the steady-state tempera-
ture profiles throughout the feed tube and anode chamber control 
volumes. With the model validated against the experimental observ-
ables, a parametric study was conducted to analyze the impact of 
hydrogen extraction from the anode chamber on methane conversion 
and anodic compositional profiles. At higher applied currents (9.0 
A or 0.59 A cm−2), hydrogen removal was found to enhance net 
reaction rates, resulting in methane conversions exceeding (99.9%), 
higher hydrogen production rates (67.6 Nml min−1), and an increased 
ratio of carbon dioxide to carbon monoxide (1.80:1.00) in the an-
odic effluent. Beyond validation, the model provides critical internal 
insights that can guide experimental reactor design, for tube-in-tube 
PMR reactor geometries, and operational optimization. For example, 
simulations suggest that excess space in the capped region may promote 
gas accumulation, which could reduce reactant transport, slow local 
gas flow, and decrease the overall rate of hydrogen production. This 
observation indicates that minimizing any unnecessary volume in the 
MEA cap region of the reformer might improve the reaction efficiency. 
Overall, the study demonstrates how CFD modeling can complement 
experiments by identifying design improvements that optimize reactor 
performance, and highlights directions for future work that focus on 
refining the reformer geometry and validating these design hypotheses 
for novel heat integration techniques.
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